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ABSTRACT 
Circulating fluidised bed combustion (CFBC) is receiving wide research attention in 
view its potential as an economic and environmentally acceptable technology for burning 
low-grade coals, biomass and organic wastes, and thereby mixtures of them. Designs of 
the existing fluidised bed boilers for biomass combustion are mainly based on experience 
from coal combustion because the mechanism of combustion of biomass in fluidised beds 
is still not well understood. A good understanding of the combustion and pollutant 
formation processes and the modelling of the combustor can greatly avoid costly upsets 
of the plants. 
In this paper the performance of CFBC burning coal and biomass mixtures was analysed. 
Experimental results were obtained from the combustion of two kind of coals with a 
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forest residue (Pine bark) in two CFB pilot plants (0.1 and 0.3MWth). The effect of the 
main operating conditions on carbon combustion efficiency was analysed. Moreover, a 
mathematical model to predict the behaviour of the co-combustion of coal and biomass 
wastes in CFB boilers has been developed and validated. The developed model can 
predict the different gas concentrations along the riser (O2, CO, CH4, etc.), and the carbon 
combustion efficiency. The experimental results of carbon combustion efficiencies were 
compared with those predicted by the model and a good correlation was found for all the 
conditions used.  
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1. INTRODUCTION 
The use of biomass as an energy source has primarily addressed direct combustion, 
pyrolysis or fermentation for alcohol production. Until recently, there have been few 
studies concerning the co-firing of coal/biomass blends for energy generation [1]. Some 
typical biomass fuels in co-firing studies are cattle manure, sawdust, sewage sludge, 
wood chips, straw and refuse-derived fuels. Biomass fuels are considered 
environmentally friendly for several reasons. There is no net increase in CO2 because of 
burning a biomass fuel. Therefore blending coal with biomass fuels can reduce 
fossil-based CO2 emissions. Co-firing brings additional greenhouse gas mitigation by 
avoiding CH4 release from the otherwise landfilled biomass residues (sewage sludge, 
manure, etc.). The alkaline ash from biomass also captures some of the SO2 produced 
during combustion and therefore the net SO2 emissions can also be reduced by co-firing. 
In addition the fuel nitrogen content in biomass is in many cases much lower than in coals 
and is mainly converted to ammonia during combustion. Hence co-firing can also result 
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in lower NOx levels. Blending can also result in the utilization of less-expensive fuels 
with a reduction in fuel costs.  
There are several works dealing with the effect of biomass addition on the gas emissions 
[2-14]. They concluded that the levels of pollutants decreased with increasing the amount 
of biomass fuel added. Nordin [3] optimised the sulphur retention when co-combustion of 
coal and biomass fuels in a fluidised bed using statistical experimental designs for 
operating variables. The most influential factors were found the load, the primary air and 
the total airflow. Dayton et al. [8] investigated the interactions between biomass 
feedstock and coal to address the issues of gaseous emissions when co-combusting these 
fuels. The results revealed the synergetic effects of co-firing for ClH, KCl and NaCl, but 
the amounts of NO and SO2 detected suggested that any decrease was the result of 
diluting the N or S present in the fuel blend. However, they stated that any advantages of 
larger-than-expected SO2 reductions because of S capture by the biomass ash constituents 
might occur in large-scale systems. Recently, Armesto et al. [14] have carried out the 
co-combustion of a coal and an olive oil industry residue (foot cake) in a bubbling 
fluidised bed pilot plant to study the effect of some operating conditions on the emissions 
and combustion efficiencies. They found that the share of waste in the mixture (10-25%) 
has not any effect on combustion efficiency, although the effect of the waste in SO2 
emissions is important due to the calcium and potassium content of the biomass.  
The circulating fluidised bed technology it was first used for combustion of coal because 
of its unique ability to handle low-quality, high-sulphur coals. In forest-rich countries, 
CFB combustion has increased its market share of biomass combustion during recent 
years. Extensive experimental investigations have been performed to date on the 
feasibility and performance of the CFBC of different alternative fuels. One of the first 
works on co-combustion was that of Leckner and Karlsson [2] who measured 
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experimental emissions of NO, N2O, SO2 and CO from combustion of mixtures of 
bituminous coal and wood in a CFB. They concluded that emissions from the combustion 
of mixtures are approximately proportional to the mixing ratio of the fuels and to the 
emissions properties of the respective fuels. Hein and Bemtgen [7] studied the 
co-combustion of different biomass with coal into different combustion techniques in a 
variety of scale pilot plants and large-scale power stations. They found that CFBs could 
be designed to handle the size of wood chips and that effect of biomass addition on the 
SO2 emissions was significantly positive for all FB facilities. Werther et al. [9] and 
Amand et al. [10] recommended that in a CFB combustion system, an operation with 
higher excess air in comparison with the pure coal combustion conditions might become 
necessary.  
There is currently a focus on developing models of CFB for burning biomass and waste 
material. The objectives of these models are to be able to predict the behaviour with 
respect to the combustion efficiency, fouling problems and pollutant emissions 
performance of different fuels or mixtures in commercial scale fluidised bed combustors. 
Combustion modelling for coal/ biomass blends is a complex problem that involves gas 
and particle phases along with the chemical reactions. Most mathematical models consist 
of sub-models for fluid-mechanics, particle dispersion, fuel devolatilisation, gaseous 
combustion, heterogeneous char reaction, and pollutant formation. Existing coal 
combustion models should be modified to include the effects of biomass co-firing on the 
overall combustion behaviour. The problem in blend combustion is that two chemically 
different fuels are involved (biomass is much more reactive and has higher volatile and 
moisture contents than coal). There are few modelling studies on blend combustion in the 
literature because co-firing is a developing technology still in the testing phase. Sami et 
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al. [1] made a revision of the modelling effort on co-firing and found some models but 
only for pulverised or swirls burners.  
Based on previous works on mathematical modelling of CFB coal combustion [15] and 
on biomass combustion [16,17], a mathematical model is developed here for the 
combustion of coal and biomass mixtures in circulating fluidised bed combustors. The 
model was validated with the experimental results found in tests carried out in two 
different CFBC pilot plants.  
 
2. EXPERIMENTAL 
2.1. Experimental facilities 
Figures 1 and 2 show a schematic diagram of the two experimental set-ups used in this 
work. In the pilot plant of 300 kWth (CIEMAT, Spain) the riser was a cylinder of 200-mm 
id. and 6.5 m high. It is covered inside with refractory ceramic. Solid recirculation is 
carried out using the cyclone, return leg and J-valve. They are lined with refractory 
ceramic as well. The connection between the riser and the return leg is made with a 
J-valve. The pilot plant is also equipped with a combustion air preheater, which may be 
used for faster pre-heating during the star-up. Bed material was sand with a particle size 
between 0.3-0.5 mm. The secondary air was introduced through the wall at 1.5 m above 
the distributor plate.  
The feeding system has two fuel hoppers mounted on a balance. The biomass and the coal 
are fed simultaneously with these systems to a third screw feeder system leading to the 
boiler. The rotation speed of this screw feeder is kept constant and high. Coal and 
biomass mass flows are controlled by separate. The plant is instrumented for 
measurement of pressures, temperatures and gas flow rates. All process variables are 
recorded in continuos form and processed by the control system. A sample is 
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continuously extracted from flue gases before bag filter and sent to the on-line flue gas 
analysers (O2, CO2, CO, N2O, NOx, CH4, SO2, and HCl). The sample must be relatively 
clean and dry before entering the analysers so the sample is filtered and condensed.  
The VTT’s pilot plant riser (100 kWth ) is a cylinder of 170 mm id. and 8 m high. Bed 
material was sand with a particle size between 0.1-0.3 mm. Mean gas velocity in the 
reactor was 2.3 m/s. The share of primary air was 50 %. Secondary air was fed through 
the uppermost port (2 m). Fuels were fed from separate vessels and mixed in a screw 
feeder. Temperature in the riser was kept constant at 870oC during the experiment. Dried 
flue gas was analysed with traditional on-line analysers (O2, CO2, CO NO, SO2) and wet 
and hot (180oC) flue gas with FTIR (CO2, CO, NO, NO2, CH4, SO2, H2O, HCl). In this 
pilot plant, the gas concentrations were measured inside the riser at different heights in 
some experiments to assist in the model validation. 
2.2. Fuel characteristics 
The fuels used were a South African sub-bituminous coal (SA) from Fortum’s Meri-Pori 
power plant in Finland, a high sulphur content lignite (LT) from Teruel (Spain) and pine 
bark (PB) from UPM-Kymmene, Rauma Mills in Finland. Table 1 shows the analyses of 
the Finnish pine bark. The main characteristics of the pine bark are its high volatile matter 
and its low ash and sulphur contents. Initially, the moisture content of pine bark was 37% 
(wt.). In the CIEMAT pilot plant, the moisture content of the biomass decreased from 
37% to 11% during the storage and grinding. Table 1 also shows the proximate and 
ultimate analysis of the coals. Figure 3 shows the particle size distributions of the 
different fuels, measured by sieving, used in the two pilot plants. Although the fuels used 
in the two pilot plants are the same, they have different particle size distributions because 
of the different milling systems of the installations. The pine bark particle size used is less 
than 3 mm in VTT pilot plant, however it ranges to 30 mm in the CIEMAT combustor. 
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South African coal was used with two different particle size distributions in the CIEMAT 
pilot plant, SA and SA2. This second distribution (SA2) was obtained removing the solid 
fraction below 417 m of the first distribution (SA) by sieving.  
3. RESULTS 
Different operating variables were analysed in the CIEMAT pilot plant: the share of pine 
bark in fuel blend (Fbiomass=0-100 %wt), combustor temperature (T=800-900ºC), 
fluidisation velocity (u=4-6 m/s), excess air (exc=18-25 %), secondary air/total air ratio 
(sec. air=10-35 %) and particle size distribution of the feed (SA and SA2). Moreover, 
influence of fuel type on combustion efficiency was studied burning a sub-bituminous 
and a lignite coal. 
In the VTT pilot plant the effect of the share of pine bark in fuel blend 
(Fbiomass=0-100%wt) on combustion efficiency was studied burning a sub-bituminous 
coal. 
During the experimental work, steady state was maintained unless for three hours. At the 
end of the steady state the different solid streams (bed drained and bag filter) were 
weighed and analysed for unburned carbon content. To avoid analysis errors due to the 
low C concentration these solids samples were concentrated. Solid samples were leached 
with HCl increasing the organic C and decreasing the C analysis errors. Carbon analysis 
were made in a Carlo Erba CHN-O analyser. The carbon combustion efficiency (Ec) was 
calculated considering the C feed in and the C losses in the different solid streams 
(drainage and cyclone) by eq. (1). The contribution of the gas phase, mainly as CO (100 - 
400 ppms by volume), to the total unburnt carbon losses were considered.  
100
)(
(%)
,
,,, x
xF
xFxFxFXF
E
AcA
COgasCcCDcDAcA
c
                   (1) 
 8
Figures 4-9 show the effect of the operating conditions on the experimental carbon 
combustion efficiencies (Ec). Figure 4 shows the effect of the percentage of biomass 
added in the feed on the Ec for both pilot plants and two kinds of coals. As can be seen, for 
both coals the carbon combustion efficiency increased when the percentage of biomass 
increased. These results were expected because the particle size distributions of the coals 
had great amount of fines, being part of these fine particles lost in the cyclone system. It 
can also be appreciated the higher Ec found for the lignite compared to the South African 
coal, due to the high reactivity of this coal.  
Figures 5 and 6 show the effect of the combustor temperature on Ec and the carbon 
concentration in the bottom region when using SA coal mixed with 60% wt of PB and LT 
coal mixed with 50% wt of PB. An increase in the combustor temperature increased the 
carbon combustion efficiency and decreased the carbon concentration due to the increase 
in the reaction rates. In all cases the carbon concentration was low, and as it was expected 
the char concentration burning the lignite was lower than burning the South African coal 
due to the higher reactivity of the lignite. 
Figure 7 shows Ec obtained with the sub-bituminous coal when working at different linear 
gas velocities keeping constant the temperature and the excess air. An increase in the 
linear gas velocity gave a decrease on Ec because the solid circulation flowrate increased 
when gas velocity increased and so the flowrate of solid losses by the cyclone increased. 
This variable mainly act on the mean residence time of char particles in the bed, 
decreasing the residence time with increasing the gas velocity.  
To analyse the effect of the particle size distribution of the fuel on Ec, the SA 
sub-bituminous coal was sieved to obtain a different particle size distribution with a 
lower amount of fine particles. Figure 8 shows the Ec obtained with this new coal particle 
size distribution when working at different linear gas velocities. An increase of Ec for all 
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gas velocities were obtained due to this new coal particle size distribution had fewer 
amounts of fine particles. The fine particles that can not be recovered by the cyclone are 
the main lost of unburned char particles in the system, and so on the Ec. We can also 
observe in this figure that the effect of gas velocity was higher with the distribution with 
greater proportion of fine particles. 
Figure 8 shows Ec obtained as a function of excess air. An increase of excess air gave an 
increase in the mean oxygen concentration in the bed, thus increasing the carbon 
combustion efficiency. The introduction of a part of the combustion air as secondary air 
generates a zone in the lower region of the combustor with low oxygen concentration. As 
seen in Figure 9 an increase of the percentage of secondary air gave a small decrease of 
the efficiency. These results can be explained taking into account the fact that an increase 
in the percentage of secondary air produces a decrease in the oxygen concentration in the 
lower part of the combustor and therefore a decrease in the combustion rate. 
4. MATHEMATICAL MODEL 
The carbon combustion efficiencies in CFBC depends on bed temperature, gas velocity, 
excess air, feed particle size distribution and fuel reactivity. The great number of 
operation variables make a systematic experimentation very costly, as the costs in a pilot 
plant are relatively high. Therefore, in order to simulate and optimise the reactor, a global 
model of the system is necessary. In this work a mathematical model was developed for 
the combustion of coal and biomass mixtures in circulating fluidised bed combustors 
integrating hydrodynamic, devolatilisation and combustion kinetic submodels. The main 
hypotheses used in constructing the main submodels are discussed below. A CFB furnace 
in steady state and isothermal at a macroscopic level was considered. 
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4.1. Hydrodynamics. The hydrodynamic characteristics of the CFB were modelled 
taking into account the works of Johnson et al. [18], Johnson and Leckner [19] and 
Pallares et al. [20]. The riser was divided into three different zones: bottom, characterised 
by a dense bed, similarly to a bubbling bed; splash with a predominant homogeneous 
particle clustering flow; and transport zone with a core-annulus structure. In the splash 
and transport zones, the vertical distribution of solids was determined with an exponential 
decay model. The solid concentration was assumed to be the sum of the contribution from 
a cluster phase and a dispersed phase: 
   )hH(Kexp)Hh(aexp)( 0exitbb,db     (2) 
 )HH(Kexp b0exitb,d      (3) 
u/u4a t  (4)  
)uu/(23.0K t  (5)   
The solution of the hydrodynamic model gives, at each riser height, mean voidage, 
annulus and core voidages, core radius, upward solids flow in the core, downward solids 
flow in the annulus and external circulation solid flux.  
4.2. Devolatilisation of biomass/coal. The model developed by de Diego et al. [16] was 
used to calculate the volatile generation rate of pine bark and coal particles. In this model 
the drying and pyrolysis of biomass/coal particles was assumed to be a coupled process 
controlled by the kinetics of devolatilisation as well as the heat transfer to and through the 
particles. The particles were assumed to be spherical and characterised by an equivalent 
particle diameter and a shape factor. The kinetic rate of volatiles was described using a 
distributed activation energy model with the kinetic parameters ko, Eo and E shown in 
Table 2. The volatiles generated during the devolatilisation were considered as a mixture 
of H2O, CO, CO2, H2, CH4, C2H4 and C3H8. The excess of C was considered as 
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elementary C, which is instantaneously oxidised to CO. In addition, to know the 
generation of volatiles in the different locations inside the boiler it was necessary to know 
the distribution of the devolatilising particles along the riser, both biomass and coal 
particles. Two kinds of particles were assumed: large non-elutriable particles which 
devolatilise uniformly in the bottom and splash regions and fine particles of elutriable 
size which can devolatilise along all the combustor. To determine the distribution of 
elutriable particles along the combustion chamber, age population balances of 
devolatilising particles were developed for biomass and coal [17]. It has to be pointed out 
that primary fragmentation of the biomass and coal particles has been included in the 
model. The original particle was divided into a number of particles, Ng, whose volumes 
added had the same volume as the one of the initial particle. 
The system of equations was solved for each elutriable particle size interval and fuel type. 
By coupling the age distributions of devolatilising biomass/coal particles with the model 
of drying and devolatilisation of biomass/coal, the volatile generation rates in the 
different regions of the riser were obtained. In the bottom and splash regions the total 
generation rate of volatiles at each height was determined by the sum of the rates for 
volatiles generated from the elutriable and non-elutriable particles (biomass and coal). 
4.3.Volatile combustion. The following chemical reactions with their corresponding 
reaction rates are considered for volatile combustion. 
OH2COO
2
3CH)r( 2241    (6) 
 242832 HHC2
3HC)r(    (7) 
 22423 H2CO2OHC)r(    (8) 
OHO
2
1H)r( 2224      (9) 
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225 COO2
1CO)r(          (10) 
Hydrocarbons are oxidised in two steps with CO as the intermediate reaction product. In 
the bottom zone, volatile combustion is modelled following Srinivasian’s [21]  
assumptions, that is, propane pyrolysis and hydrogen oxidation occurs in the emulsion 
phase whereas CO, ethylene and methane oxidation occur only in the bubble phase. The 
kinetic constants for these reactions were taken from Dryer and Glassman [22], Hautman 
et al. [23], and van der Vaart [24]. 
Mass balances for the oxygen and the n different volatiles were developed for the 
different regions inside the riser [17]. In the bottom bed, a set of 2n+2 ordinary first-order 
differential equations was obtained for the bubble and emulsion phases. Similarly, for the 
splash and core of the transport region, a set of n+1 equations was obtained assuming 
plug flow of gas. These mass balance equations allow us to determine the oxygen and 
volatiles concentrations along the combustor. This system of equations was solved by a 
Runge-Kutta method starting from the distributor plate and was coupled with the char 
population balances to fit the oxygen balance.  
4.4. Char combustion. To enforce mass balances and determine carbon combustion 
efficiencies in a CFB with shrinking particles, it is necessary to develop population 
balances of char particles in the different zones of the CFB (bottom, splash, and transport 
zones). Secondary fragmentation has been taken into account for modelling purposes. 
The effects of secondary fragmentation are included in terms of a fragmentation rate 
constant (kf), and a distribution function (Pf) of fragments. The relative radius  controls 
the mass distribution of the fragments. A value of 0.13 for the relative radius and kf = 3.25 
10-6/rmother has been taken from Thunman [25]. For discrete particle size distributions, the 
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population balances of char particles in the bottom and splash zones, involves the 
following system of equations  [15]: 
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where F*i = F0 i + F1 i + F2 i 
The population balances of char particles burning in each compartment j of the transport  
region involves the following expression for the core region: 
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The solution of the population balances in the bottom+splash and transport regions 
allows for the determination of the carbon flow rates in all of the process streams [15].
 
4.5. Shrinking Rates. For the solution of char population balances, it is necessary to 
know the individual shrinking rate rshrink (ri) of the char particles. Assuming the shrinking 
unreacted particle model, with mixed control by chemical reaction and mass transfer in 
the gas film and with a first order reaction, the shrinking rates of char particles are given 
by the expression: 
)/ShDd(1/kρj
12C
dt
drrr
gpccc
Oishrink
2


)(      (13) 
The term CO2 indicates the effective oxygen concentration seen by the char particles 
burning at any point of the combustion chamber. This concentration depends directly on 
the hypotheses of the type of gas flow in the combustion chamber and on the 
devolatilisation and volatile combustion considered. Therefore, the application of 
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equations to solve the population balances is not direct, and these balances must be solved 
at the same time as the oxygen profiles in the combustion chamber. In the bottom and 
splash regions of the riser, the Sherwood number (Sh) was calculated with the equation 
proposed by Palchonok et al. [26] for dense fluidised beds. In the core of the transport 
region, the equation proposed by Chakraborty and Howard [27] was assumed to calculate 
Sh.  
Although the bed was considered isothermal, the temperature of the char particle was 
higher than the bed temperature. The char surface temperature was calculated by 
simultaneously solving the heat balance for a particle that transfers heat to the medium by 
both convection and radiation, together with the reaction rate [28].  
The kinetic constants for pine bark and coal particles combustion were previously 
determined [29] and were shown in Table 2. 
)/exp( sasac RTETkk   (14) 
The char shrinking rate for each particle size was calculated as a weighted mean of the 
individual values of the shrinking rates of the char coming from the biomass and the char 
formed from coal:  
icoalicoalibiomassibiomass dt
drF
dt
drF
dt
dr
,,,, 





  (15)             
Combustion of char was assumed to produce a mixture of CO and CO2. The CO/CO2 
distribution was calculated according with the model proposed by Hannes [30]. 
The solution of the mathematical model implies the simultaneous convergence of the char 
particle population balances and the oxygen profile in the riser. As the oxygen 
concentration at each height depends on the char and volatile combustion, the mass 
balances for char, oxygen and volatiles were simultaneously solved [17]. The model 
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predicts the oxygen, CO, methane, propane, ethylene, hydrogen and water vapour 
concentration profiles along the different regions of the riser. The char concentration and 
char particle size distributions in the bottom, splash, core and annulus regions, the heat 
generation rates along the height of the combustion chamber and the carbon combustion 
efficiency are also predicted.  
4.6 Modelling results. The model developed was validated with the experimental results 
obtained at the CFB boilers burning mixtures of pine bark and coals.  Figures 4-9 show 
the model predictions when an operating condition was varied and the other variables 
were kept constant. As can be seen in those figures the predicted efficiencies and carbon 
concentrations are in good agreement with the experimental ones found in both 
installations and with both kind of coals.  
Figure 10 shows a comparison between the experimental and predicted oxygen 
concentrations along the riser measured in the VTT pilot plant. As can be seen, higher 
oxygen concentrations along the combustion chamber have been measured than the 
predicted ones. Above the secondary air inlet (2 m) the experimental profile shows an 
increase of the oxygen concentration during one meter. This effect can be attributed to an 
insufficient penetration depth and mixing of the secondary air flow. Obviously these 
three-dimensional effects can not been explained by a one-dimensional model for the gas 
phase. 
Finally, Figure 11 shows a comparison between the experimental Ec and those predicted 
by the model, including all the experimental results obtained in both pilot plants. In 
general, it can be observed a good agreement in the whole range of operating conditions 
used taking into account that the model does not use any adjustable parameters.  
Once the model was validated it can be used to optimise the CFB co-firing of coal and 
biomass mixtures. 
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5. CONCLUSIONS 
The performance of two CFB combustors (0.3 and 0.1 MWth) burning sub-bituminous 
and lignite coals mixed with pine bark was analysed. The effect of the main operating 
conditions, such as combustion temperature, percentage of biomass in the feed, air 
velocity, excess air, coal type, percentage of secondary air, and particle size distribution 
of coal on the combustion efficiency were studied. 
A mathematical model for the prediction of carbon combustion efficiencies in circulating 
fluidised beds burning coal and biomass mixtures is presented. A good agreement 
between the carbon combustion efficiencies predicted by the model and the ones obtained 
in the two pilot plants was found without using any adjustable parameters. 
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NOMENCLATURE 
a Decay constant (m-1) 
C  Gas concentration (kmol m-3) 
dp Particle diameter (m) 
Dg Diffusivity (m
2 s-1) 
Ea Apparent activation energy (J mol
-1
) 
Eo Mean of the activation energy distribution (J mol
-1
) 
F0-7 Carbon flow rates (kg s-1) 
Fb0-7 Biomass flow rates (kg s
-1) 
FA Fuel feed flow rate (kg s-1) 
FC Solids flow rate recovered in bag filter (kg s-1) 
FD Solid drained flow rate (kg s-1) 
Fgas Total flow rate of combustion gases (kg s-1)   
h Height (m) 
Hb Height of the bottom region (m) 
Ho Height of the riser (m) 
jc Carbon fraction in the char 
kb Backflow ratio 
kc Apparent kinetic constant for surface reaction (m s
-1) 
kf Fragmentation rate constant (m s
-1) 
ka Pre-exponential factor for surface reaction (m s-1 K-1) 
ko Pre-exponential factor for devolatilization reaction (s-1) 
K Transport region decay constant (m-1) 
Ng Number of fragments generated from a particle  
P0-7(r)  Normalized size distribution function of the char stream (m
-1) 
Pf  Size distribution function on a mass basis of the fragments (m
-1) 
r Char particle radius (m) 
ri Mean radius of particles in population i (m) 
rmother Radius of the mother particle (m) 
rshrink(ri) Shrinking rate of char particles of size ri (m s
-1) 
(-ri) Combustion rate of gas i (kmol  m
-3 s-1) 
 R Gas constant (J mol-1K-1)  
Sh Sherwood number 
t Time (s) 
Ts Char surface temperature (K) 
T3  Flowrate of transmitted carbon from the core to the annulus (kg s
-1) 
u Superficial gas velocity (m s-1) 
ut Single particle terminal velocity (m s
-1) 
W Mass (kg) 
xcA carbon fraction in the fuel feed 
xcC carbon fraction in the recovered solids bag filter 
xcD carbon fraction in the drained solids feed 
xCO carbon fraction in the gas outlet 
Greek symbols 
ri Size interval of population i (m) 
 Relative fragment size 
c Average density of char (kg m-3) 
 Solids concentration  (kg m-3) 
b Solids concentration in the bottom region  (kg m-3) 
d,b Solids concentration due to the dispersed phase in the upper portion  
of the bottom region  (kg m-3) 
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exit Solids concentration at the gas outlet  (kg m-3) 
E Standard deviation in the activation energy distribution function (J mol-1) 
Subscripts  
cc Carbon in the core 
cl Carbon in the bottom and splash regions  
i Relative to the population of char with average radius ri 
j Relative to the differential element at height h in the transport region 
O2 Oxygen 
 19
REFERENCES  
 [1] Sami, M., Annamalai, K., Wooldridge, M., 2001, “Co-firing of coal and biomass fuel 
blends”, Progress in Energy and Comb. Sci. 27, p. 171-214. 
[2] Leckner, B. and Karlsson, M., 1993, “Emissions from circulating fluidized bed 
combustion of mixtures of wood and coal”, Proc. 12th International Conference on FBC, 
ASME Press, New York, p. 109-115. 
[3] Nordin, A., 1995, “Optimization of sulfur retention in ash when cocombusting high 
sufur fuels and biomass fuels in a small pilot scale fluidized bed”, Fuel 74, 4, p. 615-622. 
[4] Gulyurtu, I., Frade, E., Lopes, H., Figueiredo, F., Cabrita, I., 1997, “ Combustion of 
various types of residues in a circulating fluidized bed combustor”, Proc. 14th 
International Conference on FBC, ASME Press, New York, p. 423-431. 
 [5] Armesto, L., Cabanillas, A., Bahillo, A. Segovia, J.J., Escalada, R., Martinez, J.M., 
Carrasco, J.E., 1997, “Coal and biomass co-combustion on fluidized bed: comparison of 
circulating and bubbling fluidized bed technologies”, Proc. 14th International 
Conference on FBC, ASME Press, New York, p. 301-311. 
 [6] Desroches-Ducarne, E., Marty, E., Martin, G., Delfosse, L., 1998, “Co-combustion of 
coal and municipal solid waste in a circulating fluidized bed”. Fuel, 77, (12), p. 
1311-1315. 
[7] Hein, K.R.G. and Bemtgen, J.M., 1998, “EU clean coal technology- co-combustion of 
coal and biomass”, Fuel Proc. Tech. 54, p. 159-169. 
[8] Dayton, D.C., Belle-Oudry, D., Nordin, A., 1999, “Effect of coal minerals on clorine 
and alkali metals released during biomass/coal cofiring”, Energy&Fuel 13, 6, p. 
1203-1211. 
 20
[9] Werther, J., Hartge, E.U., Luecke, K., Fehr, M., Amand, L.E., Leckner, B., 2000, 
“New air-staging techniques for co-combustion in fluidized bed combustors” 
VGB-Conference “Research for power plant technology 2000”, p. 1-12. 
 [10] Amand, L., Miettinen-Westberg, H., Karlsson, M., Leckner, B., Luecke, K., 
Budinger, S., Hartge, E.U., Werther, J., 2001, “Co-combustion of dried sewage sludge 
and coal/wood in CFB. A search for factors influencing emissions”, Proc. 16th 
International Conference on FBC, ASME Press, New York. 
[11] Laursen, K. and Grace, J.R., 2002, “Some implications of co-combustion of biomass 
and coal in a fluidized bed boiler” Fuel Proc. Tech., 76, p.77-89. 
[12] Skodras, G., Grammelis, P., Samaras, P., Vourliotis, P., Kakaras, E., 
Sakellaropoulos, G.P., 2002, “Emissions monitoring during coal waste wood 
co-combustion in an industrial steam boiler”, Fuel, 81, p. 547-554. 
[13] Ross, A.B., Jones, J.M., Chaiklangmuang, S., Pourkashanina, M., Williams, A., 
Kubica, K., Andersson, J.T., Kerst, M., Danihelka, P., Bartle, K.D., 2002, “Measurement 
and prediction of the emission of pollutant from the combustion of coal and biomass in a 
fixed bed furnace”, Fuel, 81, p. 571-582. 
[14] Armesto, L., Bahillo, A., Cabanillas, A., Veijonen, K., Otero, J., Plumed, A., 
Salvador, L., 2003, “Co-combustion of coal and olive oil industry residues in fluidized 
bed”, Fuel, 82, p. 993-1000. 
[15] Adanez, J., de Diego, L. F., Gayan, P., Armesto, L., Cabanillas, A., 1995, “A model 
for prediction of carbon combustion efficiency in circulating fluidized bed combustors”,  
Fuel, 74, (7), p. 1049-1056. 
 21
[16] de Diego, L.F., Garcia-Labiano, F., Abad, A., Gayan, P., Adanez, J., 2002, 
“Modeling of the devolatilization on nonspherical wet pine wood particles in fluidized 
beds”, Ind. Eng. Chem. Res., 41, 15, p. 3642-3650. 
[17] Adanez, J., Gayan, P., de Diego, L. F., Garcia-Labiano, F., Abad, A. 2003, 
“Combustion of wood chips in CFBC. Modeling and validation”, Ind. Eng. Chem. Res., 
42, 5, p. 987-999. 
 [18] Johnsson, F., Svensson, A., Leckner, B., 1992, “Fluidization regimes in circulating 
fluidized bed boiler”, Fluidization VII, Potter, O., Nicklin, D. eds., Engineering 
Foundation Conference: New York, p. 471. 
[19] Johnsson, F., Leckner, B., 1995, “Vertical distribution of solids in a CFB furnace”, 
Proc. 13rd International Conference on FBC. ASME Press, New York, p. 671. 
[20] Pallares i Tella, D., Johnsson, F., 2000, Project report JOR3CT980306, Department 
of Energy Conversion, Chalmers University of Technology, Göteborg, Sweden. 
 [21] Srinivasan, R. A., Sriramulu, S., Kulasekaran, S., Agarwal, P.K., 1998, 
“Mathematical modeling of fluidized bed combustion- 2: Combustion of gases”,  Fuel, 
77, p. 1033.  
[22] Dryer, F. L.; Glassman, I. 1973, “High temperature oxidation of CO and CH4”, 14th 
Symposium (International) on Combustion; The Combustion Institute: Pittsburg, PA, p. 
987. 
[23] Hautman, D. J.; Dryer, F. L.; Shug, K. P.; Glassman, I., 1981, “A multiple-step 
overall kinetic mechanism for the oxidation of hydrocarbons”, Combust. Sci. Technol., 
25, p. 219. 
[24] van der Vaart, R. D., 1988, “The chemistry of premixed hydrocarbon/air combustion 
in a fluidized bed”, Combust. Flame, 71, p. 35. 
 22
[25] Thunman, H., 1997, “Loading and size distribution of fuel in a fluidized bed 
combustor”, Master thesis, Chalmers University of Technology, Göteborg, Sweden.  
[26] Palchonok, G. I., Dikalenko, V. A., Stanchits, L. K., Borodulya, V. A., Werther, J., 
Leckner, B., 1997, “Kinetics of the main stages of fluidized bed combustion of a wet 
biomass particle”, Proc. 14th International Conference on FBC, ASME Press, New York, 
p. 125. 
[27] Chakraborty, R. K. and Howard, J. R., 1981, “Combustion of char in shallow 
fluidized bed combustors: Influence of some design and operation parameters”, J. Inst. 
Energy, 54, p. 48. 
 [28] Adanez, J., Abanades, J. C., Gayan, P., 1993, “Effect of formulation of steady-state 
heat balance for char particles on AFBC modeling”, Fuel, 72, (9), p. 1335-1342. 
[29] Adanez, J.; de Diego, L. F.; Garcia-Labiano, F.; Gayan, P. 2002, Project report 
ECSC 7220-PR/074, Instituto de Carboquímica, CSIC, Zaragoza, Spain. 
[30] Hannes J., 1996, “Mathematical modeling of circulating fluidized bed combustion”, 
Ph.D. thesis, Delft University of Technology, Delft, The Netherlands.  
 23
Table 1. Fuel composition 
__________________________________________ 
    Pine Bark   South African   Teruel 
                             Coal                 Lignite 
Proximate analysis (wt % ar) 
Moisture 11.1   6.6 11.0 
Ash   3.6 12.4 23.6 
Volatile matter 65.1 35.1 34.0 
Fixed carbon 20.2 45.9 31.4 
 
Ultimate analysis  (wt % daf) 
C 46.2 67.7 49.2 
H   4.9 3.8  4.6  
N  0.5 1.8  0.6 
S    0.02    0.5  6.5 
LHV (MJ/kg daf) 19.9 27.6 20.6  
___________________________________________
 24
 
Table 2. Kinetic parameters of the devolatilization model and the char combustion rates.  
Devolatilization rate South African 
Coal  
Teruel 
Lignite 
Pine Bark 
ko (s-1) 1013 1013 1013 
Eo (kJ/mol) 235 235 205 
E (kJ/mol) 35 35 25 
Char  comb. rate South African 
Coal  
Teruel 
Lignite 
Pine Bark 
Ka (m/sK) 1.93 3.50 0.82 
Ea (kJ/mol) 72 71 66 
 
 
 25
Captions to illustrations 
Figure 1. Schematic diagram of CIEMAT’s 300 kW CFB reactor. 
Figure 2. Schematic diagram of VTT’s 100 kW CFB reactor. 
Figure 3. Cumulative particle size distributions of the fuels. CIEMAT facility: 1-PB, 
2-LT, 3-SA, 4-SA2. VTT facility: 5-PB, 6-SA. 
Figure 4. Effect of percentage of biomass added in the fuel on the carbon combustion 
efficiency. CIEMAT facility (LT/PB,  SA/PB): T = 850°C, u = 5 ms-1, excess air = 
25%, secondary air = 24 %. VTT facility (SA/PB): T = 850°C, u = 2.3 ms-1, excess air 
= 30%, secondary air = 40%. Model predictions (  ).  
Figure 5. Effect of combustor temperature on the carbon combustion efficiency: LT/PB 
(Fbiomass= 50 %wt ),  SA/PB (Fbiomass= 60 %wt ),  u = 5ms-1, excess air = 25%, secondary 
air = 24%. Model predictions (  ).  
Figure 6. Effect of combustor temperature on the carbon concentration in bottom region: 
LT/PB (Fbiomass= 50 %wt ),  SA/PB (Fbiomass= 60 %wt ),  u = 5ms-1, excess air = 25%, 
secondary air = 24%. Model predictions (  ).  
Figure 7. Effect of linear gas velocity on the carbon combustion efficiency using two 
different particle size distributions:  SA/PB (Fbiomass= 60 %wt )▲ SA2/PB (Fbiomass= 60 
%wt ), T= 850°C, excess air= 25 %, secondary air= 24 %. Model predictions (  ).  
Figure 8. Effect of excess air on the carbon combustion efficiency: SA/PB (Fbiomass= 60 
%wt ): T = 850°C, u = 5ms-1, secondary air = 24 %. Model predictions (  ). 
Figure 9. Effect of percentage of secondary air on the carbon combustion efficiency:  
SA/PB (Fbiomass= 60 %wt ): T = 850°C, u = 5ms-1, excess air = 25%. Model predictions 
(  ). 
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Figure 10. Oxygen concentration profiles versus riser height in the VTT combustion 
chamber:  SA/PB (Fbiomass= 46 %wt ), T = 850°C, u = 2.3ms-1, excess air = 30%. Model 
predictions (  ). 
Figure 11. Comparison between predicted by the model and experimental carbon 
combustion efficiencies. CIEMAT facility:  LT/PB,  SA/PB, ▲ SA2/PB. VTT 
facility:    SA/PB. 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
 Figure 1 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 2 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 3 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 4 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 5 
 
 
 
 
                                         
                                        
                                        
                                        
                                        
                                
800 850 900
96
97
98
99
100
T ( °C )
E
c (
%
)
 32
 
Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 6 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 7 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 8 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 9 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 10 
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Circulating fluidised bed co-combustion of coal and biomass, Gayan et al. 
Figure 11 
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